Brine management is a major bottleneck for coal seam gas (CSG) production in Australia. This study investigated the concentration of CSG reverse osmosis (RO) brine using a pilot membrane distillation (MD). The system was equipped with a novel spiral-wound air gap membrane distillation (AGMD) module. By operating the pilot MD system at low feed temperature and a small temperature gradient, a stable distillate production rate could be maintained. The resulting low permeate flux can be offset by a high packing density of the spiral-wound membrane module. Here, using a module with diameter, height, and total membrane surface area of 0.4 m, 0.5 m, and 7.2 m2, respectively, the pilot MD system sustainably achieved 80% water recovery and produced 10 L/h of distillate from CSG RO brine. Overall, 95% water recovery could be obtained from CSG produced water for beneficial uses by a combination of RO and AGMD without any observable membrane scaling. A preliminary thermal energy demand analysis suggests that if installed in New South Wales (Australia), 1 ha of flat-plate solar thermal collector arrays could provide sufficient thermal energy to treat 472 m3/day (2970 bbl/day) of CSG produced water using the proposed RO/AGMD treatment train. o An overall water recovery of 95% was achieved over a sustained period.
Introduction
Coal seam gas (CSG) -known as coal seam methane or coal bed methane in the US and Canada -has emerged as an important source of energy in many countries. CSG is essentially methane gas produced in coal seams at up to about 1,000 m depth, where it is trapped in fractures and on the surface of the coal. Similar to coal, the geographical distribution of CSG is much more dispersed than that of oil and conventional natural gas. The ultimately recoverable CSG reserve has only be estimated for Europe, North America, and Asia-Pacific where sufficient geological data are available. It already amounts to about 120 trillion m 3 or about 25% of the current global conventional natural gas reserve [1] .
CSG production is commonly accompanied by the undesired co-extraction of a large volume of water to the surface. This water is known as CSG produced water, and in Australia, it is rich in sodium, bicarbonate, and chloride. Thus, CSG produced water is usually saline and sodic and must be treated prior to environmental discharge or beneficial use [2] [3] [4] . The volume of produced water associated with CSG production for some basins is enormous. For example, the annual generation of CSG produced water from Southern Queensland alone is expected to be 175 GL/year, spanning until 2060 to result in an accumulative volume of 5,100 GL [5] . Therefore, cost-effective and sustainable management of this large volume of produced water is of paramount importance to the CSG industry around the world.
The current state-of-the-art CSG produced water treatment system involves pretreatment (e.g., coagulation, microfiltration (MF) or ultrafiltration (UF), and in some cases ion exchange) followed by reverse osmosis (RO) desalination [2, [6] [7] [8] . The desalted water can be used for a range of beneficial purposes including coal washing, dust suppression, irrigation, livestock watering, industrial consumption, and even drinking water supply [2, 7, 9] . RO can only achieve 75 -80% water recovery and it is still necessary to manage the RO brine, which is 20 -25% of the initial CSG produced water volume. This CSG RO brine presents a vexing challenge to the CSG industry and environmental regulators. In the absence of any technically and economically proven processes for CSG RO brine management, it is being stored in brine ponds. Brine storage is an expensive, temporary, and environmentally risky option until the water sector can catch up with the rapid growth of the CSG industry. In fact, in Australia, the state of Queensland has established a CSG produced water management policy to encourage the extraction of usable products from the brine wherever possible as a procedure to gradually phase out the use of brine ponds for indefinite storage [10] . In addition, while reinjection of CSG produced water or brine to coal seams can be considered in the US and several other countries, it is generally not allowed in Australia.
Several CSG brine utilisation techniques have been proposed in recent years [8] . For example, Penrice in collaboration with General Electric (GE, Australia) and QGC (QGC Pty Limited, Australia) has announced a pilot project to demonstrate the recovery of soda ash from CSG brine rich in sodium bicarbonate [11] . Another notable approach is to use saturated CSG brine as feed stock for the production of sodium hydroxide [12] . While the proof of concept of these approaches has been demonstrated, a critical step is to further concentrate CSG RO brine to near the point of saturation. Traditional thermal distillation processes such as multi-stage flash, multieffect distillation, and vapour compression can be used for this step; however, they are notorious for their large physical and energy footprint as well as high capital cost [13] . In this context, membrane distillation (MD), which is a thermally driven membrane process, can be an ideal alternative to the thermal distillation processes for further concentrating CSG RO brine.
The MD process involves the phase conversion from liquid to vapour on one side of the membrane and the condensation of vapour to liquid on the other side [14] . In MD, a hydrophobic microporous membrane is used to facilitate the transport of water vapour through its pores. As a result, the MD process is more compact and has a smaller footprint than traditional thermal distillation processes [15, 16] . Moreover, because water is transported through the membrane only in the vapour phase, in theory 100% or near complete rejection of ions and dissolved nonvolatile organics can be achieved. In addition, unlike in RO filtration, due to the discontinuity of the liquid phase across the membrane, in the MD process the mass flux is not significantly affected by the transmembrane osmotic pressure difference. As a result, the greatest potential of MD can be realised for the treatment of highly saline solutions [16] [17] [18] [19] .
Integrated desalination systems in which MD is used to further enhance water recovery have been extensively studied [20] [21] [22] [23] [24] [25] . Drioli et al. [20] integrated MD into a combined MF/UF/RO sea water desalination process. RO brine with total dissolved solids (TDS) of 75 g/L was further treated by MD to increase the overall fresh water recovery up to 88%. Adham et al. [21] reported a feasible and effective MD process capable of treating the brine from a thermal desalination plant with high salinity of 70 g/L TDS. Distillate of excellent quality (conductivity below 10 S/cm) was produced. Ji et al. [22] investigated the treatment of seawater RO brine by a MDcrystallisation hybrid process and demonstrated an overall fresh water recovery of up to 90% as well as the production of sodium chloride crystals. It is, however, noteworthy that no previous studies have explored the use of MD for the treatment of CSG RO brine. Therefore, this study aims to demonstrate and evaluate the performance of a pilot air gap membrane distillation (AGMD) system for further volume reduction of CSG RO brine.
Materials and Methods

Pilot MD system
A pilot MD system from AquaStill (Sittard, The Netherlands) was used in this study (Fig. 1) . The pilot MD system consisted of a spiral-wound AGMD membrane module, a feed water tank, a water-circulating pump, temperature and pressure sensors, and a flow meter. The membrane module contained 7.2 m 2 of low-density polyethylene membrane having nominal pore size of 0.3 m, thickness of 76 m, and porosity of 85%. Key characteristics of the membrane module are provided in Table 1 . The pilot MD system was equipped with a supervisory control and data acquisition system, which was used to regulate the water circulation flow rate and temperature of the hot feed water entering the evaporator channels of the membrane module. A novel aspect of this study is the use of the spiral-wound AGMD module, which is more energy efficient compared to most other MD configurations. In the AGMD module, a condenser is inserted between the membrane and the coolant stream to create a stagnant air gap. As a result, the heat loss due to conduction through the membrane can be attenuated and is much smaller than that in direct contact membrane distillation [26, 27] . More importantly, because the coolant stream is separated from the hot water vapour by the condenser, internal recovery of the latent heat of condensation is possible in AGMD. It is noteworthy that AGMD is normally operated at a low permeate flux because of a small temperature gradient across the membrane. The spiralwound membrane module used in this study has a packing density of 115 m 2 /m 3 and thus can offset the low permeate flux of this operating regime. Number of evaporator channels 6
Number of condenser channels 6
Number of distillate channels 12
RO brine was fed into the MD feed water tank by gravity via a float valve. An external chiller was used to reduce the temperature in the feed tank in this study; however, in practice, raw CSG water can be used as a heat sink. As schematically depicted in Fig. 1 , the CSG RO brine was pumped into the condenser inlet of the AGMD module and was initially used as the coolant fluid. As this cool CSG RO brine was flowing through the condenser channels, it was pre-heated by the latent heat from vapour condensation. After leaving the module, the pre-heated CSG RO brine feed water was further heated using a heat exchanger to reach the desired MD feed temperature. In practice, this additional heat may be sourced from solar thermal collectors, waste heat associated with electricity generation, and the liquefaction of natural gas. The heated CSG RO brine feed water then entered the evaporator channels and travelled through the module in the reverse direction. As the heated CSG RO brine travelled along the evaporator channels, water vapour diffused through the membrane pores and the brine was cooled. The cool brine was returned to the feed water tank to start another cycle.
Pilot UF/RO treatment
The CSG produced water used in this study was from a pilot gas well in Gloucester, New South Wales (Australia). A pilot UF/RO system provided by Osmoflo (Adelaide, SA, Australia) was used to produce CSG RO brine for the pilot MD investigation (Fig. 2) . CSG produced water was pre-treated by UF and then desalted by RO to achieve 75% water recovery. The brine (which is 25% of the initial CSG produced water volume) from RO was fed into the pilot MD system for brine volume reduction and further fresh water extraction. The pilot UF system was equipped with two hollow fibre polyacrylonitrile membrane modules (Ultra-Flo U860, Singapore) with a total membrane surface of 96.6 m 2 and was operated in dead end mode. The pilot RO system consisted of three 4-inch spiral-wound membrane modules (AG4040FM, General Electric, CT, USA) having a total membrane surface of 71.1 m 2 . Anti-scalant (Osmotreat, Osmoflo, Adelaide, SA, Australia) was added to the CSG water just before the RO treatment at a dosage of 5 mg/L. 
Energy consumption and thermal efficiency calculations for the pilot MD system
In the pilot MD process, thermal energy was used for heating the RO brine entering the evaporator channels and cooling the water in the feed tank, while electrical energy was required to operate the water-circulating pump. It is noteworthy that an external chiller was used in this pilot study; however, the available CSG produced water can be used as the heat sink via a heatexchanging system. Thus, the thermal energy consumption of the pilot MD system was evaluated based on the thermal energy required to heat the CSG RO brine. To assess the thermal energy consumption of the pilot MD system, the specific thermal energy consumption (STEC) (kWh/m 3 ), which is the amount of heat consumed to generate 1 m 3 of MD distillate, was calculated using Eq. (1) [28, 29] :
where Q in is the rate of total heat input to the system (kW), J is the MD distillate production rate (m 3 /h), m f is the mass flow rate of feed water (kg/h), C p is the specific heat capacity of feed water (kWh/kg.K), T cout is the temperature of feed water leaving the condenser channels (K), and T ein is the temperature of feed water flowing into the evaporator channels of the AGMD membrane module (K).
To evaluate the thermal efficiency of the MD system, the gained output ratio (GOR) was calculated using Eq. (2) [29, 30] :
where m d is the MD distillate mass flow rate (kg/h) and H v is the latent heat of evaporation of water (kWh/kg).
In MD processes, heating and cooling consume the major fraction of the supplied energy, thus the actual electrical energy consumption is commonly overlooked in the literature. However, electrical energy consumption is also important and must be known. In this study, the electrical energy consumption of the pilot MD system was estimated using the specific electrical energy consumption (SEEC) (kWh/m 3 ), which is the amount of electrical energy required to produce 1 m 3 of MD distillate. Eq. (3) was used to calculate the SEEC of the pilot MD system [31] :
where F is the water circulation flow rate (L/h), P is the hydraulic pressure drop over the AGMD module (bar), and  is the efficiency of the water-circulating pump.
Analytical methods
Anion analysis
The concentrations of anions were determined using an ion chromatograph (LC-20AC, Shimadzu, Kyoto, Japan) that was equipped with a Dionex IonPac AS23 anion-exchange column (Thermo Scientific, Waltham, Massachusetts, USA). A solution containing 4.5 mM Na 2 CO 3 and 0.8 mM NaHCO 3 was used as the eluent. The sample injection volume and eluent flow rates were 10 L and 1 mL/min, respectively. Prior to analysis, the system was calibrated using standard solutions containing 5, 10, 50, and 100 mg/L of each ion.
Cation analysis
The concentrations of cations were analysed using an Agilent 7500CS ICP-MS (Agilent Technologies, Wilmington, DE, USA). A lithium internal standard (BDH Spectrosol, Poole, U.K.) was spiked to all samples at a concentration of 4 g/L. Sample dilution was carried out with 5% Suprapur nitric acid with a dilution factor of up to 20. Calibration was conducted prior to each batch of analysis. The linear regression coefficients for all calibration curves were greater than 0.99 for all elements. Prior to each batch of analyses, the ICP-MS was tuned by a multielement tuning solution that contained 10 g/L of Li, Y, Ce, Tl, and Co. Each analysis was conducted in triplicate and the variation was less than 5% [32] .
Electrical conductivity and pH of MD distillate and brine were measured using an Orion 4-Star Plus pH/conductivity meter (Thermo Scientific, Waltham, Massachusetts, USA).
Experimental protocols
Operation of the pilot MD system was first optimised in the laboratory using an 8000 mg/L sodium chloride feed solution. The aim of this test was to optimise the water circulation flow rate and operating temperature as well as to identify the separation performance of the system. During the preliminary tests, tap water was continuously added to the feed tank via the float valve to compensate for the distillate flow and to maintain a constant feed salinity.
Optimising the water circulation flow rate was necessary. A high circulation flow rate can be used to minimise membrane scaling and temperature polarisation on the membrane surface. However, there are several limitations to the circulation flow rate in the pilot MD system. First, the spiral-wound AGMD module used in this study was designed to utilise the internal heat recovery of the system. The latent heat of condensation is recovered from the hot vapour to the coolant through the condenser foil. Hence, sufficient contact time is required for effective heat recovery. Second, an excessive circulation flow rate can cause high pressure inside the module leading to intrusion of liquid into the membrane pores causing contamination of the distillate. Lastly, a rise in circulation flow rate results in increased pumping and, in turn, an increase in the electrical energy consumption. Due to the long path for water travelling through the module, there exists a significant hydraulic pressure drop between the inlet and outlet of the module, and at a high circulation flow rate the pressure drop can be significant. Thus, the maximum differential pressure between the inlet and outlet was set at 0.7 bar (10 psi).
After the initial optimisation process, the pilot MD system was deployed at a CSG site in Gloucester, New South Wales (Australia), for further testing. The pilot MD was initially operated only during the daytime to allow close supervision. At the end of each day, the AGMD module was disconnected from the system to completely drain all residual liquid. During this initial intermittent operation, the increase in salinity of the CSG brine in the feed tank due to distillate extraction was monitored by electrical conductivity measurement. When the feed CSG RO brine in the feed tank concentrated by a factor of 5 (i.e., 80% water recovery), the pilot MD was switched to automatic and continuous operation mode for the remainder of the pilot program. A peristaltic pump was used to remove excess MD brine from the feed tank (Fig. 1) . The excess MD brine pumped-out flow rate was 25% of the distillate flow rate to maintain a water recovery of 80%. The electrical conductivities, pH, and flow rates of MD brine and distillate were monitored and recorded on a regular basis.
Results and discussion
UF/RO treatment of CSG produced water
The CSG produced water used in this study can be characterised as slightly saline, highly sodic, and rich in sodium, bicarbonate and chloride. Key characteristics and ionic composition of the CSG produced water are summarised in Table 2 . The average electrical conductivity and sodium adsorption ratio (SAR), which is a measure of the water sodicity [2] , of the CSG produced water were 6,550 S/cm and 103, respectively. Given these values, the CSG produced water could pose detrimental impacts on soil structure and the growth of plants; therefore, it was not suitable for irrigation or direct environmental discharge [2, 9] .
The combined UF/RO system operated sustainably at a water recovery of 75% from CSG produced water. No evidence of membrane fouling or scaling was observed during the pilot program. At 75% water recovery, the UF/RO system produced more RO brine than the MD system could accommodate. Thus, the UF/RO system was only operated intermittently. The RO permeate was of high quality (Table 2) and suitable for a range of beneficial uses. 
Characteristics of the pilot MD system
The differential hydraulic pressure between the membrane module inlet and outlet was over the permissible maximum value (0.7 bar) when the circulation flow rate was increased above 450 L/h. Thus, the pilot MD was evaluated at the circulation flow rates of 350, 400, and 450 L/h (cross flow velocities of 0.020, 0.023, and 0.026 m/s, respectively).
As discussed in Section 2.1, the MD feed solution was introduced to the membrane module first as the coolant fluid to recover the heat of condensation, and after being further heated as the actual feed to the evaporator channels. Therefore, the effective temperature difference across the membrane reported here was much lower than that in a laboratory-scale module with a small membrane surface area [33] . Nevertheless, an increase in the feed solution temperature immediately before entering the evaporator channels could also lead to an increase in the bulk temperature difference (T) between the hot and cold streams along the membrane channels (Fig.   3 ). As a result, there was a notable rise in the distillate production rate when the evaporator inlet temperature increased from 50 to 60 ºC (corresponding to an increase in T from 3.1 to 3.9 ºC).
It is noteworthy that, under all experimental conditions evaluated here, T values at the entrance and exit of the module were identical. However, the transmembrane temperature difference inside the membrane module could be influenced by temperature polarisation [34] . The distillate production rate also increased with increasing circulation flow rate. This can be attributed to a decrease in temperature polarisation on the membrane surface, which is an intrinsic phenomenon in MD [35] . In fact, the impact of circulation flow rate on the distillate production rate was more prominent as the evaporator inlet temperature (and thus temperature polarisation) increased (Fig.  3) . The increase in both evaporator inlet temperature and circulation flow rate resulted in a small increase in salinity leakage; however, the distillate conductivity was still very low. Even at the highest evaporator inlet temperature (60 ºC) and circulation flow rate (450 L/h), the distillate conductivity was less than 60 µS/cm, resulting in a conductivity rejection of over 99.5%. Overall, the influence of operating conditions on the conductivity rejection by the pilot MD system was negligible.
The water permeate flux achieved during the preliminary tests with 8000 mg/L sodium chloride feed solution was low, ranging from 1.2 to 2.2 L/m 2 h, depending on the operating conditions.
However, given the high packing density of the spiral-wound AGMD module (i.e. 115 m 2 /m 3 ), distillate production rate in the range of 8.5 to 16 L/h could be obtained in this study.
Treatment of CSG RO brine by the pilot MD system
Based on the initial assessment of the impact of operating conditions on distillate production rate, the highest circulation flow rate (450 L/h) was selected to evaluate the treatment of CSG RO brine to minimise the risk of membrane scaling. On the other hand, the intermediate evaporator inlet temperature of 55 ºC was chosen to balance between a low scaling potential (which increases with temperature) and a high distillate production rate.
During the treatment of CSG RO brine, there were some variations in system performance in comparison with the initial assessment using the synthetic sodium chloride feed solution. Of particular note, a T of approximately 4 ºC was obtained at the evaporator inlet temperature and the condenser inlet temperature of 55 and 25 ºC, respectively, and the distillate production rate showed two major trends consistent with two operation modes (Fig. 4) . A gradual decrease in distillate production rate was observed during intermittent operation. Initially, the distillate production rate of the system was 15 L/h (permeate flux of 2.1 L/m 2 h), and then it gradually decreased to 10 L/h (permeate flux of 1.4 L/m 2 h) as the concentration factor increased to 5. There could be several reasons for this reduction in the distillate production rate with increasing feed concentration.
First, increased feed solution salinity resulted in a decrease in water activity, thus, reducing the transmembrane partial vapour pressure difference, which is the driving force of the MD process [14] . As a result, the distillate production rate decreased with increasing feed salinity. Indeed, using the Antoine equation [26] , the calculated vapour pressure across the membrane decreased by 34% (at the assumed temperature polarisation coefficient of 0.5) when a feed solution containing 14 g/L of sodium chloride (equivalent to the TDS of the RO brine used here) was concentrated by 5 times.
Second, the increase in feed concentration led to a rise in the viscosity of the feed water and hence temperature polarisation, which subsequently reduced the rate of distillate production. In the pilot system, at the circulation flow rate of 450 L/h, the velocity of water travelling through the evaporator and condenser channels was low (0.026 m/s), and thus the temperature polarisation effect was significant. The considerable effect of the temperature polarisation on the distillate production rate was also proved in the evaluation of the pilot MD system during the optimising experiments.
Lastly, the release of carbon dioxide during the distillation process could also contribute to the reduction in the distillate production rate. The bicarbonate content of the RO brine was 4740 mg/L (Table 3) . At elevated temperature, bicarbonate partly decomposed into carbonate and carbon dioxide (2HCO 3 -= CO 3 2-+ CO 2 + H 2 O) [36] . The transport of carbon dioxide through the membrane pores could compete with water vapour, thus, reducing the distillate production rate. In addition, the existence of carbon dioxide in gas phase in the evaporator channels reduced the effective membrane surface area for evaporation, resulting in the reduction in the distillate production rate. In fact, the release of carbon dioxide as gas bubbles was observed in the feed water tank at the brine-returning outlet. Furthermore, when CSG RO brine was used as the feed, the conductivity of the distillate was as high as 500 µS/cm, most of this could be attributed to bicarbonate.
Once the concentration factor of 5 had been reached (equivalent to 80% recovery), the MD system was operated continuously until the end of the pilot program and the feed salinity remained constant at about 80 mS/cm. As a result, a stable distillate production rate of 10 L/h could be achieved (Fig. 4) . The anti-scalant added to the CSG produced water prior the RO process remained in the RO brine and may have prevented sparingly soluble salts from depositing on the membrane [21, 37] . In addition to the anti-scalant dosage, it is possible that the intentional system operation at low feed temperature and a small temperature gradient, and hence low water flux (1.4 L/m 2 h in continuous operation), could reduce membrane scaling [38] . At a low permeate flux, the concentration polarisation, which would accelerate the precipitation of scale, was attenuated, reducing the risk of membrane scaling. On the other hand, the ion concentration analyses (Table 3) revealed that potential scalants (silica and calcium) in the MD feed water may pose a scaling risk. Indeed, the concentrations of silica and calcium in the MD brine were lower than those calculated when the feed solution was concentrated by 5 times. Data reported here suggest that the co-precipitation of silica and calcium carbonate has possibly occurred on the internal surface of the heat exchanger used for heating MD feed water prior to entering the evaporator channels. Due to its inverse solubility to temperature, the risk of calcium carbonate scaling was highest in the heat exchanger where the maximum temperature occurred. Thus, the precipitation is likely to start from the heat exchanger. The scale deposition on the surface of the heat exchanger could reduce its efficiency (which was assessed by monitoring the temperature difference between the condenser outlet and the evaporator inlet). However, due to the slow kinetics of scale deposition, the effect of scale deposition on the efficiency of the heat exchanger was found insignificant over one week of continuous treatment.
Results reported here suggest that operating the pilot MD system at a low permeate flux (1.4 L/m 2 h) together with anti-scalant addition prior to RO treatment could be an effective measure to control membrane fouling. However, due to the complex and highly variable composition of the CSG RO brine, further studies on membrane scaling during MD treatment of CSG RO brine are recommended.
Overall, the pilot MD system showed excellent separation performance even at a high water recovery. Conductivity rejection was always above 99.0% (Fig. 5) . At the beginning of the experiment, the distillate conductivity was 100 S/cm, and then increased sharply to 600 S/cm potentially due to the carbon dioxide permeation effect discussed earlier. During the continuousmode operation, the water recovery was 80% and the distillate conductivity was stable at 500 S/cm (Fig. 5) . It is worth noting that when using CSG RO brine, the salinity rejection (>99.0%) by the pilot MD system was slightly lower than that observed during testing with synthetic sodium chloride feed solution (99.5%). This slightly lower rejection when desalting CSG RO brine could be attributed to the permeation of carbon dioxide into the distillate, which also resulted in a much lower pH in the distillate compared to the feed (Table 3) . Furthermore, there was also evidence that some carbon dioxide had escaped into the atmosphere. Indeed, at the continuous-mode operation (80% water recovery), the measured MD brine electrical conductivity of 82.1 mS/cm was significantly less than the mass balance calculated value of 109 mS/cm (which was based on feed conductivity of 21.8 mS/cm and a concentration factor of 5).
Feasibility consideration
The thermal energy requirement of the pilot MD system in the treatment of RO brine from CSG produced water was evaluated using the STEC value, while its thermal efficiency was assessed by the GOR value. Fig. 6 shows the evolution of GOR, STEC, and the distillate production rate as a function of time. Values reported in this study are consistent with previous pilot MD studies [29] using other saline feed solutions (Table 4) . A correlation between GOR and the distillate production rate could be observed as expected from Eq. (2) . Initially, at the distillate production rate of 15 L/h, the pilot MD system had a GOR value of 4. As the distillate production rate decreased because of the increased water recovery rate, GOR gradually decreased. GOR was then stable at about 2.5 throughout the continuous-mode operation when the distillate production rate remained steady at 10 L/h. The STEC of the pilot MD system was also linked to GOR. A decrease in GOR led to an increase in STEC. The STEC value of the system was 175 kWh/m 3 at the GOR of 4 at the beginning of the experiment and increased to a stable value of 250 kWh/m 3 when GOR decreased to 2.5 during the continuous-mode operation.
In addition to STEC and GOR, the SEEC of the pilot MD system in the treatment of CSG RO brine was monitored. During the continuous operation, at the water circulation rate of 450 L/h, the pressure drop over the module was stable at 0.6 bar. Given the system distillate production rate of 10 L/h during this operation and the practical efficiency of the water-circulating pump of 0.7, the SEEC of the pilot MD system was 1.1 kWh/m 3 . The SEEC of the pilot MD system was negligible in comparison with the STEC of 250 kWh/m 3 . In addition, comparing with the current state-of-the-art RO seawater desalination systems, which have an SEEC ranging from 4 to 6 kWh/m 3 [39] , the pilot MD system was found to consume significantly less electrical energy.
Thermal energy accounts for most of the power input into the MD process. As a result, a viable energy source for MD is waste heat available onsite (e.g., from the compressor used for liquefaction of CSG) or solar thermal energy. In Australia, the use of solar thermal energy is particularly attractive. For example, in New South Wales, the annual mean daily radiation exposure is 4.7 kWh/m 2 [40] . Given the solar thermal efficiency of flat-plate solar thermal collectors in the range from 0.1 to 0.8 [41] , a value of 0.5 can be assumed. Thus, at the STEC value of 250 kWh/m 3 and the water recovery of 80% of the MD system, a flat-plate solar thermal collector area of 85 m 2 is required to treat one m 3 /day of CSG RO brine. Taking into account a typical water recovery of 75% of the UF/RO system, the area of flat-plate solar thermal collectors required for treating one m 3 /day of CSG produced water is 21 m 2 . In other words, one hectare of flat-plate solar thermal collector arrays can provide sufficient thermal energy to treat 118 m 3 /day of CSG RO brine, which is equivalent to 472 m 3 /day of raw CSG produced water. It is noteworthy that electricity requirement for water circulation in the solar collectors has been omitted in this estimation.
Conclusions
Pilot treatment of CSG produced water by a combination of UF/RO and MD was demonstrated. Overall, 95% of CSG produced water could be recovered by the hybrid system for beneficial uses. The UF/RO recovered 75% fresh water from the raw CSG produced water and the pilot MD system extracted 80% fresh water from the RO brine. The low permeate flux of the pilot MD system was offset by the high packing density of the AGMD module used. Despite being operated at 80% water recovery, the distillate production rate was stable throughout the pilot study possibly because of the addition of anti-scalant to CSG produced water and the small operating temperature gradient. However, mass-balance calculation indicates the possible precipitation of silica and calcium, which may pose a scaling risk in long-term operation. When operating in continuous mode, the STEC and SEEC of the pilot MD system were stable at 250 and 1.1 kWh/m 3 , respectively, and a GOR of 2.5 was achieved. The integration of solar thermal energy into the MD system was considered. In New South Wales (Australia), one hectare of flatplate solar thermal collectors can provide sufficient thermal energy for the treatment of 118 m 3 /d of CSG RO brine using AGMD. Number of evaporator channels 6
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